Trickle-bed reactors with ceramic foams: liquid RTD and mass transfer rate analysis by Voltolina, Sara
    
 
UNIVERSITA’ DEGLI STUDI DI PADOVA 
 
 
DIPARTIMENTO DI INGEGNERIA INDUSTRIALE 






Tesi di Laurea Magistrale in  







TRICKLE-BED REACTORS WITH CERAMIC FOAMS: 







Relatore: Prof. Ing. Paolo Canu 
Correlatore: Prof. Ing. Pablo Marín Gonzalez 
 

















This project, carried out at Facultad de Quimica, Universidad de Oviedo, in Oviedo (ES), 
concerns the study of the level of dispersion, using a residence time distribution approach, and 
the mass transfer rate of a trickle bed reactor with open-cell foams. 
Trickle bed reactors are reactors in which a liquid and a gas phase flow through a fixed, 
structured bed of solid catalyst, while reaction takes place. 
Here we focused on foam catalysts and co-current downflow arrangement. 
In the last years, the interest on foams as structured beds for chemical reactors has increased, 
as the high surface area and tortuosity of the foams contribute to influence the interphase 
mass transfer with respect to honeycomb monoliths, while pressure drop remains sufficiently 
low. 
Unfortunately, studies concerning the foams in multiphase reactions are scarce.  
The goal of this work is to understand the influence of the foams’ morphology on the intrinsic 
nature of the reactor, likes the level of dispersion. The final results will be some correlations 
useful under quite broad operative conditions.  
The Thesis is structured in five chapters.  
Chapter 1 provides information about multiphase reactors, the applied catalysts and the flow 
pattern. The industrial applications are also reported.  
Chapter 2 describes the Residence Time Distribution technique and the identification of a 
reactor dispersion model. 
Chapter 3 presents the experimental procedure to collect tracer data, with and without foams 
and at different gas/liquid flow rates. 
Chapter 4 discus the conductivity measurement processing to obtain correlations that explain 
the RTD curves and study the effect of the open-cell foams. 
Chapter 5 studies the reactor mass transfer by experimental tests with chemical absorption of 













































Il presente lavoro di tesi, realizzato presso Facultad de Quimica, Universidad de Oviedo, a 
Oviedo (ES), si occupa di studiare il livello di dispersione mediante distribuzione dei tempi di 
residenza e il mass transfer di un reattore trickle bed con catalizzatore spugnoso a celle aperte. 
I reattori trickle bed sono reattori in cui una fase liquida e una gassosa scorrono attraverso un 
letto fisso di catalizzatore solido strutturato in cui avviene la reazione. 
In particolare l’attenzione di è concentrata sui catalizzatori spugnosi con flusso in co-corrente, 
dall’alto verso il basso 
Negli ultimi anni l’interesse per i reattori a letto fisso con catalizzatore spugnoso è aumentato 
sempre di più, grazie all’elevata area superficiale e tortuosità fornite dalle schiume, le quali 
influenzano il mass transfer mantenedo comunque basse le perdite di carico in confronto ad 
altri catalizzatori.   
Sfortunatamente, studi riguardanti i catalizzatori spugnosi e le loro applicazioni sono piuttosto 
scarsi.  
Lo scopo di questo progetto è quello di studiare l’effetto sul reattore da parte delle 
caratteristiche morfologiche delle schiume e quindi ottenere delle generiche correlazioni 
applicabili in specifiche condizioni operative. 
La tesi è strutturata in cinque capitoli.   
Il Capitolo 1 fornisce informazioni riguardo i reattori multiphase, i catalizzatori che possono 
essere utilizzati e i regimi di flusso che vi si possono instaurare. Vengono inoltre elencate 
alcune applicazioni industriali. 
Il Capitolo 2 decrive la tecinica Distribuzione dei Tempi di Residenza e della ricerca di un 
modello per il reattore. 
Il Capitolo 3 presenta la procedura sperimentale utilizzata per ottenere dati di conducibilità, 
con e senza schiume e a differenti portate di gas e liquido. 
Il Capitolo 4 discute l’elaborazione dei dati di conducibiltà allo scopo di ottenere delle 
correlazione che interpretino le curve RTD e studino gli effetti delle schiume a celle aperte. 
Il Capitolo 5 si occupa dello studio del mass transfer del reattore attraverso test sperimentali 
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 Introduction  
The interest on foams as structured beds for multiphase chemical reactors has increased in the 
latest years, as the high surface area and tortuosity of them contribute to influence the 
interphase mass transfer in chemical reactions.  
However, studies concerning this argument are scarce.  
There are a published study on the hydrodynamics and mass transfer for multiphase systems 
in foams. Stemmet in 2005 has measured liquid hold-up and mass transfer for gas and liquid 
flowing through a 2D aluminum foam bed in counter-current, co-current upflow and 
downflow. Stemmet  has also studied the axial dispersion in solid foam packing with counter-
current flow. It is interesting to investigate more in detail on the trickle regime condition for a 
reactor that works co-currently, because it is one of the most common condition used in 
industrial scale.  
The present work, carried out at Facultad de Quimica, Universidad de Oviedo, in Oviedo 
(ES), concerns the study of the performance of a trickle bed reactor with open-cell foams. 
Trickle bed reactors are reactors in which a liquid phase and a gas phase flow co-currently 
downward through a fixed bed of catalyst while reaction takes place. 
Understand the intrinsic nature of a reactor is fundamental for its proper design and operation.  
The residence time distribution approach can be used to determine the level of dispersion of 
the reactor, using a pulse experiment to collect conductivity data and obtain the RTD 
function. 
The level of dispersion of the reactor can be easily determined considering a dispersion 
model. 
The results will show that the dispersion is increased by the presence of the foams and in 
particular it increases more if the foam is characterized by a lower external surface area. 
This type of foams are expected to have a higher level of hold-up because of its lower external 
surface area. 
An estimation of the mass transfer characteristic parameters must be done to verify the 
influence of the presence of the foams on the reactor performances. 
A chemical absorption of CO2 in NaOH can be used to determine the liquid-side mass transfer 
coefficient and the gas-liquid interfacial area of the reactor.  
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The foam with the lower external surface area is expected to have the higher mass transfer 
parameters. 
 
The Thesis will be divided into 2 different sections. 
After a chapter of critical overview, the first section will develop the dispersion study in three 
chapters: the description of the residence time distribution technique, the experimental test 
and the results. 
The last chapter will concern the section of the mass transfer study: the estimation of the 
parameters, the processing and the results. 
The conclusion of this project will get information about the influence of the foams’ 
morphology on the reactor giving general correlations, able to compare results achieved in the 













 Chapter 1 
Multiphase systems 
In this Chapter, multiphase reactions will be discussed focusing on the different types of 
reactors used and their industrial applications. Also, it will be considered the catalysts due to 
which these reactions are carried out and the different flow pattern that can be generated. 
1.1 Multiphase reactions 
Multiphase reactions involve gas, liquids and possibly solids.  
Their typical form is:   
A (g
dissolving
→       l) + B (l)
solid catalyst
→         products                                                                   (1.1) 
They can be run in a number of different ways, as show in Figure 1.1. 
 
       Figure 1.1. Various ways of running gas/liquid reactions catalyzed by solids 
Processes based upon multiphase reactions occur in a broad range of application areas and 
form the basis for manufacture of a large variety of intermediate and consumer end-products. 
Some examples of multiphase reactor technology used in the last years include: 
- Upgrading and conversion of petroleum feed stocks and intermediates, the conversion of 
coal-derived chemicals or synthesis gas into fuels hydrocarbons and oxygenates. 
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- Manufacture of bulk commodity chemicals that serve as monomers and other basic building 
blocks for higher chemicals and polymers.  
- Manufacture of pharmaceuticals or chemicals that are used in fine and specialty chemical 
markets as drugs or pharmaceuticals. 
- Conversion of undesired chemical or petroleum processing by-products into 
environmentally acceptable or recyclable products. 
1.1.1 Multiphase reactors  
In the last years, the interest on foams as structured beds for chemical reactors is increased, as 
the high surface area and tortuosity of the foams contribute to influence the interphase mass 
transfer with respect to honeycomb monoliths, while pressure drop is maintained very low.  
Studies concerning the foams in multiphase reactions are scarce. In this case, the reactants are 
in two (or more) fluid phases and the role of the bed is to create a surface area and turbulence 
for high phase contact. Foams are a good alternatives to particulate beds, as will be explain in 
the next sections. 
Multiphase reactors have several distinguishing features.  
Essential mass transfer steps between phases always accompany reaction steps and these 
frequently control the overall rate of chemical reactions. Mass and energy balance equations 
must be written and solved for each species in each phase. Gravity is frequently important in 
controlling flow patterns, as lighter phases tend to rise and denser phases tend to fall in the 
reactor. Mixing within phases and mixing between phases frequently has a dominant effect. 
Solubility and phase distribution of species between phases require careful application of 
principles of thermodynamic phase equilibrium.  
Multiphase reactors can be divided into three categories: gas-liquid and liquid-liquid reactors, 
gas-solid and liquid-solid reactors and three phase reactors. 
To the first category belong the spray towers, bubble columns, sparger, membrane reactors 
and catalytic distillation columns. To the second category belong the slurry reactors, packed 
beds, fluidized beds, moving beds, crystallizers, membrane reactors, reaction injection 
molding and chromatographic reactors. To the third category belong multiphase solid 
reactors, trickle beds, gas-liquid slurry reactors with solid flow and membrane reactors.  
Every type has its pros and cons.  
In particular, trickle bed do not have any problems associated with catalyst separation, unlike 
to stirred tank and bubble column that required separation of product and catalyst. Trickle bed 
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reactors typically are applied for process with slow reactions, because of their advantage of 
high catalyst loading and longer residence time. The reason is the low and tortuous porosity of 
the packed bed that limits the liquid flow rates in order to avoid the development of pockets 
of stagnant liquid, which can lead to an undesired high-pressure drop and eventually flooding 
(in counter current operations). 
1.1.2 Types of beds 
On the market there are different type of beds for multiphase reactors. Below, there are report 
the majors. 
Fixed beds with two-phase flow  
Packed-bed reactors processing in downward concurrent two-phase flow (trickle-bed 
reactors), in upward concurrent flow (packed-bubble columns) and in countercurrent flow. 
The trickle-to-pulsing transition is function of gas density so that high pressure operations 
with light gases (like hydrogen) can be simulated via heavier gases (like nitrogen) at a much 
lower pressure. Higher gas density broadens the trickle flow regime while higher liquid 
density makes it narrower.  
The effect of elevated pressure manifests itself via increased gas density. At a given density, 
the two-phase pressure drop increases with gas and liquid mass fluxes, superficial velocity 
and liquid viscosity. Liquid hold-up increases with liquid mass flux or superficial velocity and 
liquid viscosity, but decreases with increasingly gas mass flux or superficial velocity. At a 
given gas density, gas-liquid interfacial areas and volumetric liquid-side mass transfer 
coefficients increase as liquid and gas mass fluxes or superficial velocities increase. Both 
mass transfer parameters improve in TBR and PBC as gas density increases for given gas and 
liquid superficial velocities.  
- Packed bubble columns (PBC) 
Concurrent upflow packed bubble columns can work in homogenous and 
heterogeneous bubble flow. In order to lower the pressure drop, high void packing or 
packing with special characteristics is preferred. These type of reactors are choice 
when large catalyst to liquid volume ratio is desired and when plug flow of both 
phases is to be preferred (when reaction rates are not overly high and catalyst 
deactivation is very slow or negligible).   
- Trickle bed reactors (TBR) 
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It is well know that trickle beds can operate in the variety of flow regimes ranging 
from spray flow, trickle flow, pulse flow and downward bubble flow. Under gas-
limited conditions can ensure completely internally wetted catalyst pellets, provide 
direct access of gaseous reactant to the catalyst sites, replenishment of catalyst with 
liquid reactant, periodic removal of products by fresh liquid and quenching of 
predetermined rise in temperature. Under liquid-limited conditions, catalyst external 
wetting and liquid supply to the particles is crucial, and periodic operation can reduce 
and eliminate badly distributed liquid, ensure a completely irrigated bed and quench 
developing hotspots. 
Reactors with moving catalyst 
- Bubble columns and slurry bubble columns 
Used extensively in a variety of processes for hydrogenation, oxidation, chlorination, 
hydroformylation, cell growth and bioremediation. In bubble flow at low gas 
superficial velocities, the radial gas holdup profile is almost flat; in some turbulent 
flow the profile is almost parabolic. The non-uniform gas holdup profile drives liquid 
circulation and throughout most of the column, except in the distributor region and in 
the disengagement zone, the liquid rises in the center and falls by the walls.   
- Three-phase fluidized-bed reactors trickle bed reactors (TBR) 
They are an off-shoot of slurry bubble columns except that the particles are now 
sufficiently large that they behave as a distinct third phase. Besides, their traditional 
applications in hydrotreating, Fischer-Tropsch synthesis and coal combustion, three-
phase fluidized beds or ebullated beds are also considered as viable options in the 
fields of aerobic and anaerobic waste water treatment.   
1.1.3 Trickle bed reactors (TBR) 
Trickle bed reactors are reactors in which a liquid phase and a gas phase flow concurrently 
downward through a fixed bed of catalyst particles while reaction takes place. 
Typical examples of industrial applications are the hydrodenitrogenation, hydrodesulfuration 
or hydrocracking of heavy or residual oil stocks and the hydrofinishing or hydrotreating of 
lubricating oils.  
Some advantages in using TBR in place of slurry reactors are a flow patter much closer to 
plug flow and a much less ratio of liquid to solid present. In addition, if heat effects are 
substantial, they can be controlled by recycle of liquid product stream although this may not 
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be practical if product is not relatively stable under reaction conditions or if a very high 
percent conversion is desired. Even when completely vapor phase reaction in a fixed catalyst 
bed may be technically feasible, a TBR may be preferred for the saving in energy cost 
associated with reactant vaporization.  
The hydrodynamic of TBRs is very complex and it has been subject to many studies over the 
years.  
Concerning the flow patterns, at sufficiently low liquid and gas flow rates the liquid trickles 
over the packing in a laminar film and the gas flows continuously through the voids in the 
bed: this condition is called gas continuous region or homogeneous flow. As gas and liquid 
flow rates are increased one encounters behavior described a rippling, slugging or pulsing 
flow. At high liquid rates and sufficiently low gas rates, the liquid phase becomes continuous 
and the gas passes in the form of bubbles (dispersed bubble flow). 
The liquid holdup is a measure of the effectiveness of contacting between liquid and solid 
catalyst and it is an instrument to estimate the average residence time or the average film 
thickness. 
Generally, it is expressed as a fractional bed volume i.e. as the volume of liquid held 
internally in the pores of the catayst plus that outside the catalyst pellets.  
A pulse tracer thechnique can be employed to provides a residence time distribution as well as 
the hold up of liquid wich is effectively mobile or dynamic. The validity of using residence 
time distributions obtained by the pulse tracer technique to determine data on the liquid 
holdup is now well established by the work of Rotherfeld and Ralph (et.al. 1963) who 
concluded that the residene time distribution and the holdup calculated from the average 
residence time are independent of the method of the tracer input. 
It is precisely from these considerations that the study will be developed in the next chapters. 
1.1.4 Applications  
Multiphase reactors are used in various applications such as in manufacture of petroleum-
based fuel and products, in production of commodity and specialty chemicals, 
pharmaceuticals, herbicides and pesticides, in production of materials and in pollution 
abatement.  
 
A main industrial application of structured packings will be for a multitubular fixed bed 
reactor in which the tubes are packed with structured catalysts instead of the conventional 
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catalyst particles. An example for this application is the Fisher-Tropsch synthesis, an 
exothermic reaction carried out in multitube reactors that converts a mixture of carbon 
monoxide and hydrogen into liquid hydrocarbons. 
This application suffers mainly from pressure drop limitations, the difficulty to remove the 
heat of reaction and ineffective catalytic utilization. Since the rate of reaction is the highest 
near the entrance, the possibility of developing a hot-spot near the entrance that might lead to 
a decrease in selectivity or even a runaway reaction is high. A profiled catalytic activity along 
the reactor bed in which the catalyst loading is varied can effectively help in reducing the hot-
spots at the entrance. If a catalyst coating is applied on a structured backbone, the loading can 
be varied within limits by changing the coating thickness. 
Other alternatives are to improve the radial heat transport without a proportional increase in 
pressure drop (by intensifying the conduction or applying a corrugate crossflow packing) or to 
scale down the radial heat transport properties of the structured packing. The idea is to enable 
low pressure drop in regions where not much heat needs to be removed and/or in regions of 
low reactant concentration. 
 
Another unique application of structures such as ceramic monoliths is an adiabatic loop 
reactor where the heat is removed in an external heat exchanger. This configuration is an easy 
way to replace a slurry reactor. An example is a cordierite monolith working in adiabatic 
reactors, because of its low thermal conductivity. 
When low conversion per pass is acceptable this approach decouples the heat and mass 
transfer zones. The mass transfer takes place in the structured packing and the heat transfer 
takes place in the external heat exchanger where the heat of reaction is removed. The 
conversion per pass is keep limited to avoid unacceptable temperature rise in the reactor. 
In process where a higher conversion per pass is desired, an option would be to introduce 
staged energy removal. In this way, isothermal conditions can be achieved, by removing the 
heat of reaction stage wise via liquid circulation through an external heat exchanger. 
1.2 Foams  
On the market there are various types of packing. They are divided between structured and 
randomly packed beds:  
 Metal and ceramic monoliths 
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They are ceramic (alumina, silicon carbide) or metallic (aluminum, steel) blocks containing 
parallel and straight channels. The open structure without bends hardly obstructs flow, 
yielding a low-pressure drop. For monolith reactors a good liquid distribution at the entrance 
is critical, because in the reactor radial transport is not possible due to the absence of flow 
exchange between the channels. 
 Corrugated packing – open cross flow structure (OCFS)  
They can be Ni-based, Mellapack, Katapack and they are study (in countercurrent mode) a lot 
because of their excellent radial mixing properties that provides a no-critical liquid 
distribution.  
 Corrugated packing – closed cross flow structure (CCFS) 
They are made of thin corrugated metal sheets arranged side by side with opposing channel 
orientations like open cross flow. In addition, they have a flat sheet inserted between the 
corrugated sheets so the structure became a sort of monolith with a multiplicity of closed 
inclined triangular channels. For that reason, the specific area can be increased considerably. 
The pressure drop is lower than the standard packing.  
 Knitted wire structured packing 
They are a family of structured tower packings which are particularly useful in distillation 
applications when a large number of theoretical stages have to be accommodated in a limited 
height of the tower. They are characterized by bundles of knitted strands of stainless steel 
wires. The result is a low-pressure drop and excellent wetting characteristics with a low 
surface tension liquid.  
 Metal, ceramic, graphite based foam packing 
They represent a generation of materials combining high specific area with low-pressure drop, 
because of their open-celled structure with high void of small dimensions.  
They are produced in a variety of materials like metal, ceramics, carbon, SiC, polymers and 
alumina. Metallic foams are applied for flow control and heat transfer enhancement, because 
of their intricate interfacial geometries, creating a highly tortuous flow path.  
The foams have a higher Nusselt number (except for low Reynolds numbers) and the 
convective heat transport is far superior to that in packed beds of spheres with only gas 
flowing through the foam. Infect, packed-bed reactors use random particles as catalysts, 
providing medium surface area and high turbulence, but with the disadvantage of a high 
pressure drop. For that reason open-cell foams are a good alternative to these types of beds in 
three-phase reactors, in fact the high surface area and tortuosity of the foams contribute to 
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enhance phase mass transfer, while pressure drop is maintain to a low value so that the beds 
becomes more efficient in creating contact surface area between phases.   
All aluminum brazed joints provided continuous, highly conductive heat paths and superior 
overall thermal conductivity (just with less than 10% weight of solid aluminum). 
The radial thermal conductivity can be high compared to randomly packed beds and these 
packings will be used in this study. 
To be more clear, a photo for each type of catalyst is reported in Table 1.1. 
Table 1.1. Type of foams  
Metal and ceramic 
monoliths 










Metal based foam Ceramic based foam 
Alumina based 
foam 








1.3 Fluid flow characterization  
In reactors involving multiple phases, the behavior of the multiphase fluid flow can have a 
substantial effect on the performance of the reactor. Trickle bed reactors are composed of a 
pore network of complex shapes formed by randomly packed catalyst particles. When fluid is 
subjected to flow through such a network, it preferably flows through the path, which offer 
least resistance. This usually results in inhomogeneous velocity and phase distribution in the 
bed.  
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When gas and liquid phases are flowing concurrently downward through a packed bed of 
solid particles (as in trickle bed reactors TBR), four distinct flow regimes were identified in 
TBR: trickle flow regimes, pulse flow regime, spray flow regime and bubbly flow regime. 
At low gas and liquid flow rates, gas-liquid interaction is small and liquid flows in the form of 
films or rivulets over the packed particles. This flow regime is known as trickle flow regime 
or low interaction regime. 
At moderate gas and liquid flow rates, interaction among the phases increases and liquid 
phase occupies entire flow cross-section. This process leads to the formation of alternate gas-
liquid-enriched zones and the corresponding regime is classified as pulse flow regime. 
Trickle and pulse flow regimes occur at low-to-moderate flux of gas and liquid flow rates and 
industrial reactors are commonly operated in these flow regimes.  
Two other flow regimes may occur at higher gas or liquid flow rates but these are less 
common in practical conditions. 
At low gas flow rate and high liquid flow rates, liquid phases occupies entire portion of the 
bed and becomes continuous phases while gas phase is flowing in the form of bubbles in the 
downward direction. This flow regime is known as bubbly flow regime. 
At low liquid and high gas flow rates, liquid phase becomes dispersed phase in the form of 
droplets and gas phase becomes the continuous phase. This flow regime is known as spray 
flow regime.  
The name of these flow regimes indicate their typical characteristics, which are show 
schematically in Figure 1.2. 
 
Figure 1.2 Flow regimes in trickle bed reactors (Gunjal et.al. 2005) 
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1.3.1 Trickle flow regime  
At low liquid flow rates, inertial forces are weaker compared to the local surface forces and 
liquid spreading is mainly controlled by capillary pressure. However, at high flow rates, 
inertial forces become important as compared to the interfacial forces resulting in film 
formation over the catalyst surface. 
The flow regime map reported by Sie and Krishna (1998) for air-water system is show in 
Figure 1.3. 
 
 Figure 1.3 Flow regime map for trickle flow regime 
Trickle flow regime region widens with the increase in particle size and decrease in liquid 
viscosity and surface tension. Low pressure drop, low gas-liquid throughputs, less catalyst 
attrition and suitability for foaming liquids are some of the advantages of trickle flow 
operation.  
In this regime, mass transfer rate is poorer as compared to the other flow regimes. In spite of 
this, many industrial processes operate in trickle conditions to achieve the specific process 
goals (like higher conversion and productivity). 
This project works in trickle flow regime. 
1.3.2 Pulse flow regime  
In the pulse flow regime the local flow path for gas phase is blocked by liquid pockets/plugs 
which results in the formation of alternate gas and liquid-enriched zones. Complete wetting of 
particles occurs under this flow regime. 
The flow regime map reported by Fukushima and Kusaka (1977) is show in Figure 1.4. 
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Figure 1.4 Flow regime map for pulse flow regime 
Gas-liquid-enriched zones are quite distinct and visible in the case of non-foaming liquid. 
Smaller-sized bubbles are entrapped into the liquid slugs. In the case of a foaming liquid, 
liquid slugs contain large-sizes gas bubbles and the gas fraction in liquid-rich bands is 
significant, so tendency of transition from the pulse flow to bubble flow regime increases with 
increase in foaming nature of the liquid. 
Pulse flow regime has advantages in terms of wetting, effective utilization of catalyst bed, and 
higher heat and mass transfer. However, operating window is relatively smaller than other 
regimes because large diameter TBR are difficult to operate in pulse regime. 
1.3.3 Spray flow regime  
At high gas flow rates and low liquid flow rates, liquid film in trickle flow regime is subjected 
to high shear due to relatively higher slip velocity. Under certain conditions the liquid phase 
loose its semi-continuous nature and flows in the form of droplets. This regime is called a 
spray flow regime.  
It is difficult to identify and measure exact boundary between the trickle flow and the spray 
flow regimes. The flow regime map reported by Saroha and Nigam (1996) is show in Figure 
1.5. 
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Figure 1.5 Flow regime map for spray flow regime 
The boundary between the trickle and the spray flow regimes is quite sensitive to particle 
diameter and surface tension as compared to other parameters. Due to higher gas flow rate the 
gas recycling is required if it is operated under spray flow regime. 
Low liquid holdup, high gas-liquid mass transfer rates and low foamability are typical 
characteristics of this flow regime. 
1.3.4 Bubbling flow regime  
At low gas and high liquid flow rates the liquid occupies entire region of the void space in the 
packed bed and becomes a continuous phase. Gas flows as a dispersed phase in the form of 
bubbles. This flow regime is known as bubbling flow. 
The flow regime map of the spray flow regime may also be used for identifying this regime. 
Higher liquid holdup leads to back mixing which may not be suitable for some of the 
reactions. Complete wetting of the bed and high heat and mass transfer rates are some of the 
advantages of this flow regime and is suitable for cases where liquid phase is a limiting 
component and reactions are highly exothermic. 
Flow regime boundaries do not solely depend upon gas-liquid flow rates and are a function of 
bed characteristics and fluid properties. 
 
 Chapter 2 
Residence time distribution                     
and disperse model  
In this Chapter will be discussed the Residence Time Distribution (RTD) technique and its 
application in this work. In addition, it will be explained the study and the research of a model 
for the reactor. 
2.1 Residence Time Distribution (RTD) 
Deviation from the ideal flow patterns (CSTR and PFR) can be caused by channeling fluid, 
recycling of fluid, creating stagnant regions in the vessel; if it is known what happens in the 
vessel (complete velocity distribution), it is possible to predict the behavior of a reactor. 
What is important to know is the distribution of residence times of the flowing fluid; this can 
be determined by using the stimulus-response method.  
A possible way to proceed is given by Levenspiel (1999). He has considered elements of 
fluid, which take different routes through the reactor, may take different intervals of time to 
pass through the vessel. The distribution of these times for the stream of fluid leaving the 
vessel is called the exit age distribution or the residence time distribution function E. 
2.1.1 Pulse experiment  
The stimulus-response pulse experiment consists of the introduction of a unit of tracer M (kg 
or moles) into the fluid entering the vessel of volume V (m3) and with volumetric flow rate v 
(m3/s), the concentration of tracer leaving the vessel obtaining the Cpulse curve.  
The residence time distribution function is a standardized function (∫ E dt = 1
∞
0
) and it is 









                                                                                                           (2.1) 
If the measure is considered in terms of solution conductivity I (μS), the residence time 
distribution becomes:  







                                                                                                                          (2.2) 
This will be the starting point to the model definition. 
It is also important determine the mean time of passage 𝑡̅ (s2) and the variance 𝜎2, defined as: 















                                                                                                                   (2.4) 
It will be possible to calculate some information about the reactor likes the dispersion module, 
Peclét or Bodenstein numbers, using these two parameters. 
2.1.2 Step experiment  
Another way to measure the outlet tracer concentration in the time is to considered a certain 
volumetric flow rate v (m3/s) of fluid flowing through a vessel of volume V (m3), at time t = 0 
a tracer of concentration Cmax (kg/m
3) is injected into the system.   
As for the previously case, the concentration of tracer leaving the vessel Cstep can be recorded 
in terms of F curve, which is correlated to E with the following expression:  
F (t) =  ∫ E(t)dt 
t
0
                                                                                                                  (2.5) 
In this study, the pulse experiment will be used to collect experimental data. 
2.2 Dispersion Model  
After receiving a response from the reactor, it is necessary to choose a model for interpreting 
it.  
The RTD date (and the E curve) can be used to find a mathematical model to be applied to the 
design and the simulation of chemical reactors; for that reason, the choice of the model is 
important to understand the real behavior in a reactor.  
The deviation from the plug flow obtained using foam beds is relatively small and can be 
described using the dispersion model. This model assumes a diffusion-like process 
superimposed on a plug flow (axial dispersion). The general equation referred to this model 
and its boundary and initial conditions (for open/open systems) for a pulse injection are: 
∂C(z,t)
∂t






                                                                                            (2.6)  






















                                                                                         (2.7) 
Where Dax is the Axial Dispersion coefficient (m
2/s), z is the axial coordinate, C is the 
concentration detected, u is the liquid superficial velocity (m/s) and L the porous media 
length (m).  
The axial dispersion coefficient for a multiphase system must be determine for both the gas 
and the liquid phase, as a RTD for both the gas and the liquid phase.  
The RTD of the gas is difficult to measure (because high sensibility of the equipment is 
required) and in this work the gas will move with relatively high interstitial velocity and low 
axial mixing compared to the liquid phase. The impact on the design of industrial scale is 
negligible and a plug flow for the gas phase is assumed (DaxG ≈ 0). In this way, the analysis 
are conduced just for the liquid side. Moreover, this reactor is used in water treatment and so 
it is interesting to study the liquid side dispersion. 
The solution of the equation (2.6) gives a useful expression of E: 
E(t) =  
1
2∙ θ ∙√π∙D ∙ 
t
θ







θ                                                                                                   (2.8) 
Where D is the dimensionless group  
Dax
u∙L
 called dispersion module and 𝜃 is the mean 
residence time 𝜃, defined as the ratio between the time t and the mean time t.̅  
For large dispersion (
Dax
u∙L
 > 0.01), the spreading tracer E curves are nonsymmetrical because 
the pulse response is broad and it passes the measurement point slowly enough that it changes 
shape. An example of a tracer response curves for vessels with large deviations from plug 
flow is present in Figure 2.1. 
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       Figure 2.1. Tracer response curves for large dispersion cases 
In these cases, the mean time of passage t ̅and the variance σ2 become:  
t̅ =  
V
u
= < 𝑡 >                                                                                                                       (2.9) 
σ2 = 2 ∙  
Dax
u∙L





∙  t̅2 = < σ2 >                                                                (2.10) 
Each test will be repeated three time, so it is assumed a mean value for the time of passage 
and the variance. For that reason, these two parameters are defined as < 𝑡 > and < σ2 >. 






 ±  
1
8
 √1 + 8 
𝜎2
𝑡̅2
                                                                                                 (2.11) 
In the present work two cases will be considered, one where the reactor has no catalyst (blank 
test) and one where the reactor has the catalyst (test with foams), and for both will be 
calculated < 𝑡 > and < σ2 >  with equations (2.9) and (2.10). In practice, there is a single 
case, but the dispersion produced in the injection and analysis points is taken into account by 
means of the blank test, as follows.  
To determine < 𝑡 > and < σ2 > of the foams, it is necessary to subtract the value of the 
blank test to the value of the test with foams: 
< 𝑡 > = < tf > − < tb >                                                                                                  (2.12) 
< 𝜎2 > = <  𝜎𝑓
2  > − <  𝜎𝑏
2  >                                                                                          (2.13) 
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This because it is possible to considered the system (test with foams) as consisting of two 
vessels in series (blank test + foams), linearly dependent, where its characteristic parameters 
< 𝑡 > and < σ2 >  follow the superposition principle. In particular, during the test with 
foams, there is to takes into account of the sum of the injection, the foams and the analysis 
outside the reactor. So, considering these stages as additive, the dispersion caused by the sum 
of the injection and the analysis during the blank test can be subtracted from the overall. In 
this way, the dispersion and the residence time are exclusively due to the foams beds. 
2.3 Correlation useful for the dispersion model 
It is interesting to determine some dimensionless numbers for a more precise study. In 
particular, the dimensionless numbers as Reynolds number, Bodenstein number and Galileo 
number of the liquid phase can be used to describe the hydrodynamic behavior of the system.  
𝑅𝑒 = 𝑅𝑒𝑦𝑛𝑜𝑙𝑑𝑠 𝑛𝑢𝑚𝑏𝑒𝑟 =  
uL∙ρL∙dt
μL
                                                                                  (2.14) 
𝐵𝑜 = 𝐵𝑜𝑑𝑒𝑛𝑠𝑡𝑒𝑖𝑛 𝑛𝑢𝑚𝑏𝑒𝑟 =  
uL∙dt
Dax
                                                                                  (2.15) 
𝑃é = 𝑃𝑒𝑐𝑙é𝑡 𝑛𝑢𝑚𝑏𝑒𝑟 =  
uL∙L
Dax
= Bo ∙  
L
dt
                                                                            (2.16) 




2                                                                                       (2.17) 
Where L is the bed length (m), 𝜌𝐿 is the liquid density (kg/m
3) and 𝜇𝐿 is the liquid dynamic 
viscosity (kg/m/s) at 293K, g is the gravitational acceleration (m/s2), dt is the characteristic 




                                                                                                                               (2.18) 
Where A (m2) is the catalytic cross section and QL (m
3/s) is the liquid flow rate. 
In particular, for standard fixed bed dt corresponding to the real particle diameter dp and for 
open cell foams bed (as in this case) is the pore cell size φ (m).  
The last assumption it is been demonstrated in previous works, where the cell size is 
considered as a judicious characteristic length and avoids some possible pitfalls in the 
characteristic length chosen for calculation of the transport properties in open cell foam. 
 
From these dimensionless numbers, it is possible to find some correlations to describe results 
obtained under the same experimental conditions. 
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To be more precise, a correlation between the Bodenstein number and the Reynolds number 
of the liquid and the gas will be found. In this way, the level of dispersion of the system will 
be described. 
Also, a correlation between the Reynolds number of the gas and the liquid phase in function 
of the liquid hold-up will be found. The purpose will be describe the dynamic liquid hold-up 











 Chapter 3 
Dispersion studies: Experimental tests  
In this Chapter the experimental tests done in the laboratory for the conductivity data 
collected in the reactor with and without foams and with different liquid and gas flow rate will 
be described. 
3.1 Foams description 
In this study, we consider two different types of foams, both cylindrical. 
The first is made of alumina, has smaller pores and a greater surface area, the second is made 
of silicon carbide, has larger pores and less surface area. In Table 3.1 and Figure 3.1 where 
some properties of the two foams are reported and a picture of them. 
Table 3.1 Properties of Foams 1 and Foams 2  
Properties Foams 1 Foams 2 
Type of foams Fraunhofer IKTS, alumina SICAT, β - SiC 
dt = average pore size (m) 0.00125 0.00154 
ds = strut diameter (m) 0.00042 0.00047 
εb = bed porosity 0.88 0.8 
Sv = specific external surface area (m2/m3 bed) 2545 1700 
ρp = pore density (ppi) 20 7 
 
 
Figure 3.1. Pictures of foams 1 (left) and foams 2 (right) 
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3.2 Equipment description 
The system is composed of several pieces each one connected to the main part, the reactor. 
The liquid flow rate is fed using a pump and the gas flow rate is fed from a cylinder into the 
inlet stream, where also the tracer is injected. Everything are mixed and fed into the top of the 
reactor.  Figure 3.2 represents the inlet of the reactor. 
 
Figure 3.2. Reactor inlet 
The reactor is composed by the feed-part, where the feed is introduced using a sparger, the 
bed with two foams blocks and the exit-part, where the outlet stream is collected and 
conveyed to the separation unit.  
What exits from the reactor is sent to the separation thank. In there, the liquid goes down and 
is recycled.  
Everything is controlled by using valves, temperature/pressure monitors and flow rate 
modulator.  
The scheme of the equipment is present in Figure 3.3. 
 
Figure 3.3. Equipment scheme 
In Table 3.2 some geometric characteristics of the equipment will be summarized. 
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Table 3.2. Equipment characteristics  
Characteristic value 
Internal diameter of the reactor tube (m) 0.05 
Length of the reactor tube (m) 0.36 
Diameter of the foams (m) 0.045 
Length of the foams bed (m) 0.19 
Cross section (m2) 0.0016 
 
In this work will be considered different values of liquid velocity from 0.000573 m/s to 
0.004427 m/s and gas flow rates from 0.00417 ln/s to 0.01667 ln/s. The system works in 
trickle flow regime. 
Before starting the real experiment, it is necessary to calibrate the pump used in the process. 
The pump calibration is described in Appendix A. 
3.3 Data collection 
The characteristic of the foams is to keep low the pressure drop. In the present work, this 
aspect will not be verified. The pressure will stay at 1 barg. 
A way to obtain RTD curves, as said in the previous chapter, is to collect conductivity data 
and use them to obtain E (by using equation (2.2)) as a function of time. 
Conductivity measurements are obtained using a conductivity meter (with a sensitivity of 0.01 
μS/cm and 0.1°C, and a capacity of 500 mS/cm and 150°C, respectively for the conductivity 
and the temperature) put in the outlet stream in the bottom of the reactor.  
The data were not collected automatically, but they were read from the display of the 
conductivity meter each 2s of the test. Figure 3.4 represents the outlet of the reactor. 
 
Figure 3.4. Reactor outlet with conductivity meter 
24                                                                                                                                                                Chapter 3 
 
In the reactor, a tracer is injected and the system will be studied in different conditions of 
liquid and gas flow rate. 
Two different tracers can be considered for the measurements: sodium or potassium chloride 
in solution with water (358 g/l for sodium chloride in water and 330 g/l for potassium chloride 
in water, both at 293 K). 
Sodium chloride and potassium chloride conductivity is 8200 μS/cm (at 293 K) in a solution 
at 0.5 w/w, so both the tracers can be used indistinctly. 
For this type of measurements it is important to take several precautions like put in the right 
position the conductivity meter to avoid water reflux in the electric part, modify the inlet part 
to avoid pressure drop or dispersion and use gas for give more pressure to avoid stagnant zone 
on the bottom of the reactor after the shutdown of the pump.   
3.3.1 The Blank test  
The first experiment to do for understand how the process works is the blank test, where the 
test is made without the foams, placing the inlet in direct contact with the outlet where the 
conductivity is detected. 
The measurements are made using 32 g of NaCl in 400 ml of water as tracer. 
There are considered two different options, one with only water and the other with water and 
air, for a better knowledge of the interaction between phases. Will be employed the liquid and 
the gas flow rates said before.  
For the first case, at the beginning the pump is opened and the liquid feed start to enter in the 
top of the reactor. After some minutes of activity, when the stationary is achieved, it is 
possible to measure the conductivity at time zero and after start to injected the tracer. The 
conductivity is detected in the exit stream each 2 s until the value will be again like in the 
initial stationary.  
For the second case the air is feed together with the water and regulated, in terms of flow rate 
ratio, with a flow rate modulator (it works in terms of normal conditions, so it is important to 
pay attention to the temperature).  
Each case will be repeated three times, in order to obtain more precise data.  
3.3.2 The test with foams  
The next step of this study is to collect conductivity data of the process with foams, again 
with and without air. 
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In this case, the reactor is composed of a pedestal on which are positioned the foams at a 
precise distance from a sparger (in the head) where the feed go out. 
The measurements are made using 30 g of KCl in 400 ml of water as tracer. 
Also in this case will be employed the liquid flow rates said before and, during the test with 
air, 0.25-0.5-1 ln/min of gas flow rates.  
Each case will be repeated three times, in order to obtain more precise data.  
 
After collecting conductivity data, it must be determine all the value of the residence time 
distribution using equation (2.2) and applying the trapezoidal numerical integration by using 
Matlab. 
The conductivity values for each case that will be converted in RTD are the average 























 Chapter 4 
Dispersion studies: Results and discussion 
In this Chapter the conductivity measurements will be processed to obtain correlations which 
explain the RTD curves and study the effect of the open-cell foams on the reactor 
performance. 
4.1 Residence time distribution measurement 
As already said in Chapter 2, it is necessary to consider a linear system with (test with foams) 
and without (blank test) the catalyst to obtain information about the hydraulics inside the 
foams. The next step will be calculate their E curves and their characteristic parameters (t ̅and 
σ2) using equations (2.9), (2.10), (2.12) and (2.13) assuming additive dispersion phenomena. 
The blank test is useful to evaluate the effect caused by the reactor inlet and outlet ducts (i.e. 
without the foams bed), the dispersion effect caused by the pulse injection and the 
conductivity meter in the outlet steam. 
The final results are the mean value between the three test done for each case, as explained in 
Chapter 2. They are almost similar and the tendency is likes in Figure 4.1. 
 
Figure 4.1. Residence time distribution of the liquid phase as a function of time at different liquid 
flow rate 
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Figures from 4.2 to 4.5 show the measurements of residence time distributions for the blank 
test and the test with foams (foam 1) as a function of time at different pump speed from 5% to 
50%. In other words, from a liquid velocity of 0.000573 m/s to 0.004427 m/s.  
 
Figure 4.2. Residence time distribution of the liquid phase in the blank test and in the test with foams 
1 as a function of time at different liquid flow rate, without any gas inlet 
 
       Figure 4.3. Residence time distribution of the liquid phase in the blank test and in the test with 
foams 1 as a function of time at different liquid flow rate, with 0.25 ln/min of gas 
 
       Figure 4.4. Residence time distribution of the liquid phase in the blank test and in the test with 
foams 1 as a function of time at different liquid flow rate, with 0.5 ln/min of gas 




       Figure 4.5. Residence time distribution of the liquid phase in the blank test and in the test with 
foams 1 as a function of time at different liquid flow rate, with 1 ln/min of gas 
From a first observation is clear that the responses consists of peaks with large width. For that 
reason, the dispersion model is suitable to model these deviations from the ideal flow. 
A great level of dispersion and all similar peaks (except the E curve with 5% of the speed 
pump, probably due to the low liquid flow rate) are noticed in the test with foams with respect 
to the blank test. However, the dispersion present in the blank test is impossible to ignore, 
even if it is shorter than the test with foams and for that reason it will be subtracted using eq. 
2.12 and 2.13, as explained in paragraph 2.2. 
With a closer analysis, it is observed that the level of dispersion depends greatly on the liquid 
flow rate, because it decreases with its and much less on the gas flow rate. Furthermore, the 
mean time is reduced more and more as the liquid flow rate increase. 
The level of dispersion is increased by the presence of the gas. 
From the RTD values, as said before, it is possible to determine the mean time of passage <t>̅ 
and the variance <σ2> (obtained from the average of the three measurement carried out for 
the blank test and the test with foams). These data are reported in Tables from 4.1 to 4.4 for 
the lower and higher liquid flow rate tested, in the case with and without gas.  
The date present also their 95% (between both tails) confidence interval (CI).  
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Table 4.1. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate 
 Test with foam 1 Blank test Foams 1 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 48.7 0.11 401.647 1.57 11.3 0.13 49.989 0.48 37.4 0.15 351.659 1.65 
1.02 47.8 1.11 428.613 19.94 12.0 0.10 41.204 0.13 35.8 1.12 387.409 19.94 
3.59 22.4 0.38 86.987 3.79 10.0 0.02 30.572 0.24 12.4 0.38 56.415 3.80 
4.43 17.5 0.04 65.647 1.16 10.4 0.03 38.941 0.57 7.0 0.05 26.707 1.29 
Table 4.2. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 0.25 Ln/min of gas 
QG (Ln/s) 
0.00417 
Test with foam 1 Blank test Foams 1 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅  




<𝐭>̅   
(s) 
CI     
<𝐭>̅  




<𝐭>̅   
(s) 
CI     
<𝐭>̅  




0.573 14.7 0.11 156.808 0.13 14.4 0.06 73.318 0.11 0.3 0.13 83.490 0.17 
1.02 18.0 0.09 151.140 0.14 13.73 0.04 64.503 0.41 4.29 0.10 86.637 0.43 
3.59 18.6 0.07 126.943 0.07 13.46 0.02 66.022 0.58 5.15 0.07 60.921 0.58 
4.43 18.4 0.07 127.206 0.36 13.41 0.03 64.116 0.62 4.97 0.07 63.090 0.72 
Table 4.3. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 0.5 Ln/min of gas 
QG (Ln/s) 
0.00833 
Test with foam 1 Blank test Foams 1 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅  




<𝐭>̅   
(s) 
CI     
<𝐭>̅  




<𝐭>̅   
(s) 
CI     
<𝐭>̅  




0.573 18.87 0.09 161.432 0.62 10.57 0.09 51.242 0.13 8.30 0.12 110.191 0.63 
1.02 20.02 0.04 117.167 0.09 11.72 0.06 32.065 0.15 8.30 0.07 85.102 0.17 
3.59 17.39 0.02 59.915 3.8 9.76 0.01 33.785 0.38 7.64 0.02 26.131 3.82 
4.43 16.31 0.02 79.157 0.95 10.96 0.03 40.870 0.28 5.35 0.04 38.287 0.99 
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Table 4.4. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 1 Ln/min of gas 
QG (Ln/s) 
0.01667 
Test with foam 1 Blank test Foams 1 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   (s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 21.45 0.11 125.432 0.86 11.84 0.69 45.392 0.42 9.60 0.7 79.670 0.96 
1.02 21.00 0.02 113.246 0.11 12.79 0.05 39.314 0.06 8.21 0.06 73.932 0.13 
3.59 17.00 0.12 64.532 0.79 9.95 0.01 34.538 0.29 7.05 0.12 29.994 0.84 
4.43 15.69 0.27 80.673 1.02 10.92 0.03 34.680 0.70 4.77 0.27 45.993 1.23 
 
The same consideration can be done for foams 2. Next, a comparison between the RTD 
curves obtained from the two different foams. 
 
Figure 4.6 Comparison between the liquid phase RTD obtained with foams 1 (A) and foams 2 (B) as a 
function of time at different liquid flow rate, without any gas inlet 
 
Figure 4.7 Comparison between the liquid phase RTD obtained with foams 1 (A) and foams 2 (B) as a 
function of time at different liquid flow rate, with 0.25 ln/min of gas 
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Figure 4.8 Comparison between the liquid phase RTD obtained with foams 1 (A) and foams 2 (B) as a 
function of time at different liquid flow rate, with 0.5 ln/min of gas 
 
Figure 4.9 Comparison between the liquid phase RTD obtained with foams 1 (A) and foams 2 (B) as a 
function of time at different liquid flow rate, with 1 ln/min of gas 
It is evident a big difference in the results with the first foams, caused by a problem with the 
accuracy of the measurement. In particular, from Table 4.1 to 4.4 appears a lower values of CI 
for both mean time and variance. This is due to the experimental error obtained in the data 
collection. A more precise method would be the use of an automated signal connected to a 
computer.  
For the second foams, the results are more precise and the dispersion appears a little bit more 
evident, according to their greater pore size (and so smaller specific surface area) and their 
smaller pore density.  
Tables from 4.5 to 4.8 report the values of <t>̅ and <σ2> (obtained from the average of the 
three measurement carried out for the blank test and the test with foams) tested for the lower 
and higher liquid flow rate, in the case with and without gas for the foams 2.   
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Table 4.5. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate 
 Test with foam 2 Blank test Foams 2 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 26.18 1.40 149.231 0.68 11.31 0.13 49.989 0.48 14.87 1.40 99.242 0.83 
1.02 22.55 0.02 152.400 1.43 12.02 0.10 41.204 0.13 10.52 0.10 111.196 1.43 
3.59 21.78 0.01 150.183 1.18 10.01 0.02 30.572 0.24 11.78 0.02 119.611 1.21 
4.43 20.35 0.05 153.735 1.49 10.44 0.03 38.941 0.57 9.92 0.06 114.794 1.60 
Table 4.6. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 0.25 Ln/min of gas 
QG (Ln/s) 
0.00417 
Test with foam 2 Blank test Foams 2 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 15.05 0.08 86.054 0.29 14.37 0.06 73.318 0.11 0.68 0.10 12.736 0.31 
1.02 15.81 0.14 81.138 0.43 13.73 0.04 64.503 0.41 2.08 0.15 16.636 0.59 
3.59 15.57 0.09 83.459 0.20 13.46 0.02 66.022 0.58 2.11 0.09 17.437 0.61 
4.43 16.13 0.07 88.787 0.11 13.41 0.03 64.116 0.62 2.71 0.07 24.672 0.63 
Table 4.7. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 0.5 Ln/min of gas 
QG (Ln/s) 
0.00833 
Test with foam 2 Blank test Foams 2 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 15.64 0.09 82.808 0.44 10.57 0.09 51.242 0.13 5.07 0.12 31.566 0.46 
1.02 17.07 0.06 75.884 0.13 11.72 0.06 32.065 0.15 5.35 0.08 43.819 0.2 
3.59 16.46 0.06 82.111 0.16 9.76 0.01 33.785 0.38 6.70 0.06 48.326 0.41 
4.43 14.98 0.05 91.753 0.18 10.96 0.03 40.870 0.28 4.02 0.06 50.883 0.33 
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Table 4.8. 𝑡̅ and 𝜎2+ their 95% confidence intervals for the Blank test and 
the test with foams at different liquid flow rate and 1 Ln/min of gas 
QG (Ln/s) 
0.01667 
Test with foam 2 Blank test Foams 2 
uL   
(mm/s) 
<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




<𝐭>̅   
(s) 
CI     
<𝐭>̅ 




0.573 16.30 0.05 80.852 0.16 11.84 0.69 45.392 0.42 4.46 0.69 35.461 0.45 
1.02 16.58 0.12 78.454 0.32 12.79 0.05 39.314 0.06 3.79 0.13 39.140 0.32 
3.59 16.55 0.05 81.884 0.12 9.95 0.004 34.538 0.29 6.60 0.05 47.346 0.31 
4.43 15.09 0.06 90.641 0.06 10.92 0.03 34.680 0.70 4.17 0.07 55.961 0.70 
 
It is easy to note, comparing foams 1 with foams 2, a reduction in the average time of passage 
and in the variance for the second foam. This happens because of the lower external surface 
area and pore density of the foams 2 that allow reduction in the time of passage.  
4.2 Dispersion model parameters estimation 
The next level of analysis is to determine some dimensionless numbers like Reynolds number 
(equation (2.14)) or Bodenstein number (equation (2.15)) with the purpose to estimate the 
level of dispersion in the reactor.  
The idea is to determine the characteristic parameters, like the mean time (< tf  > and < tb >) 
and the variance (< 𝜎𝑓
2 > and < 𝜎𝑏
2 >), by using equation (2.9) and (2.10) for the test with 
foams (f) and the blank test (b). After that, the value from the blank test is subtracted to the 
value from the test with foams using equations (2.12) and (2.13).  
From these, it is easy to obtain the dispersion module using equation (2.11) for each flow rate.  
The final values of  
Dax
u∙L
  for foams 1 and 2 are reported in Tables from 4.9 to 4.12. 
                                     Table 4.9. Dispersion module at different liquid flow rate                    
for foams 1 and 2 
                                      
 
uL [m/s] uG [m/s] Dax/(u*L)  uL [m/s] uG [m/s] Dax/(u*L) 
5.73E-04 0 9.20E-02  5.73E-04 0 1.38E-01 
1.02E-03 0 1.06E-01  1.02E-03 0 1.51E-01 
3.59E-03 0 1.23E-01  3.59E-03 0 1.72E-01 
4.43E-03 0 1.63E-01  4.43E-03 0 1.86E-01 
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                                     Table 4.10. Dispersion module at different liquid flow rate and 0.25 
Ln/min of gas for foams 1 and 2 
uL [m/s] uG [m/s] Dax/(u*L)  uL [m/s] uG [m/s] Dax/(u*L) 
5.73E-04 2.25E-03 8.29E-02  5.73E-04 2.21E-03 1.53E-01 
1.02E-03 2.31E-03 1.53E-01  1.02E-03 2.26E-03 1.84E-01 
3.59E-03 2.29E-03 1.65E-01  3.59E-03 2.25E-03 2.12E-01 
4.43E-03 2.28E-03 1.74E-01  4.43E-03 2.25E-03 2.13E-01 
                                  Table 4.11. Dispersion module at different liquid flow rate and 0.5 
Ln/min of gas for foams 1 and 2 
uL [m/s] uG [m/s] Dax/(u*L)  uL [m/s] uG [m/s] Dax/(u*L) 
5.73E-04 5.40E-03 1.39E-01  5.73E-04 5.65E-03 1.92E-01 
1.02E-03 5.35E-03 1.88E-01  1.02E-03 5.63E-03 2.21E-01 
3.59E-03 5.09E-03 2.43E-01  3.59E-03 5.49E-03 2.67E-01 
4.43E-03 5.08E-03 2.63E-01  4.43E-03 5.31E-03 2.93E-01 
                                  Table 4.12. Dispersion module at different liquid flow rate and 1 Ln/min 
of gas for foams 1 and 2 
uL [m/s] uG [m/s] Dax/(u*L)  uL [m/s] uG [m/s] Dax/(u*L) 
5.73E-04 1.11E-02 2.32E-01  5.73E-04 1.12E-02 2.53E-01 
1.02E-03 1.11E-02 2.66E-01  1.02E-03 1.12E-02 2.91E-01 
3.59E-03 1.10E-02 2.87E-01  3.59E-03 1.12E-02 3.11E-01 
4.43E-03 1.10E-02 2.99E-01  4.43E-03 1.09E-02 3.40E-01 
 
The corresponding plot of the previous results are in Figures 4.10-4.11. 
 



















Dispersion module at different flow rate - foams 1
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Figure 4.11 Dispersion module as function of liquid velocity at different gas flow rate for foams 2 
As it could guess from the above considerations, the disperse module is greater for the second 
foams according to its specific properties (lower external surface area and pore density). 
4.3 Axial dispersion correlations  
It is interesting to determine a correlation between the dispersion module, ReL and ReG to 
complete the study concerning the dispersion section. In this way, it will be possible to define 
a unique equation to correlate the results obtained in the same experimental conditions and to 
compare them. 
As defined in equations (2.11) and (2.16) the dispersion module is the inverse of PéL but it is 
more convenient to use Bo, because it involves explicitly the cell size (dt) while PéL depends 
on the bed length (L) and it is a characteristic of the reactors. 
4.3.1 Correlation for the liquid phase     
Proceeding step by step, a correlation between Bo and ReL can be estimated at first.  
Using Matlab’s Curve Fitting Tool is possible to obtained a statistical fit of the experimental 
Bo(ReL) data. The result is a power model that applies a nonlinear least squares method.  
Note that the correlations are just for the liquid phase. In this way, it is possible to understand 
the influence of the liquid flow rate on the system. 
The general expression of the power model is: 
Bo = a ∙  ReL

















Dispersion module at different flow rate - foams 2
only water 0.25 ln/min of gas 0.5 ln/min of gas 1 ln/min of gas
𝐮𝐆 
Dispersion studies: Results and discussion                                                                                                       37 
 
 
The final fitting for foams 1 and 2 are present in Figures from 4.12 to 4.15, considering just 
the highest and the lowest values of liquid flow rate. 
 
Figure 4.12 Fitting of the relation between Re of the liquid (x) and Bo (y) in logarithmic scale for the 
foams at different liquid flow rate for foams 1 and foams 2 
 
 Figure 4.13 Fitting of the relation between Re of the liquid (x) and Bo (y) in logarithmic scale for the 
foams at different liquid flow rate and 0.25 ln/min of gas for foams 1 and foams 2 
 
 Figure 4.14 Fitting of the relation between Re of the liquid (x) and Bo (y) in logarithmic scale for the 
foams at different liquid flow rate and 0.5 ln/min of gas for foams 1 and foams 2 
 
 Figure 4.15 Fitting of the relation between Re of the liquid (x) and Bo (y) in logarithmic scale for the 
foams at different liquid flow rate and 1 ln/min of gas for foams 1 and foams 2 
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The final fitting parameters a and b with their 95% of confidence bounds and their SSE (sum 
of squares due to error) for the correlations (4.1), in the case of foams 1 and 2, are 
summarized in Tables from 4.13 to 4.16. 
Table 4.13 Parameters a and b from the power correlation between Bo and 
Re of the liquid and their confidence bounds for foams 1 
Case Parameter a Parameter b 
Water -1.911 (-3.713   -0.1096) 0.09875 (-1.181   1.379) 
Water and 0.25 Ln/min of gas -1.962 (-2.283   -1.641) 0.2266 (0.01127   0.4419) 
Water and 0.5 Ln/min of gas -2.448 (-2.522   -2.373) 0.1526 (0.1118   0.1935) 
Water and 1 Ln/min of gas -2.817 (-2.874   -2.761) 0.05555 (0.02802   0.08307) 
Table 4.14 SSE from the power correlation between Bo and Re for foams 1 
Case SSE 
Water 0.092 
Water and 0.25 Ln/min of gas 0.03205 
Water and 0.5 Ln/min of gas 0.001815 
Water and 1 Ln/min of gas 0.0011 
Table 4.15 Parameters a and b from the power correlation between Bo and 
Re of the liquid and their confidence bounds for foams 2 
Case Parameter a Parameter b 
Water -2.061 (-2.126   -1.996) 0.08254 (0.04023   0.1248) 
Water and 0.25 Ln/min of gas -2.212 (-2.327   -2.097) 0.145 (0.07692   0.213) 
Water and 0.5 Ln/min of gas -2.418 (-2.491   -2.344) 0.1031 (0.06257   0.1436) 
Water and 1 Ln/min of gas -2.682 (-2.798   -2.566) 0.0681 (0.009697   0.1265) 
Table 4.16 SSE from the power correlation between Bo and Re of the liquid 
for foams foams 2 
Case SSE 
Water 0.001045 
Water and 0.25 Ln/min of gas 0.003196 
Water and 0.5 Ln/min of gas 0.001331 
Water and 1 Ln/min of gas 0.003351 
 
From Table 4.13 and 4.15, the a parameter for the first foams are lower than for the second 
foams and the b parameter are bigger. Remembering that the Bo is proportional to the inverse 
of the dispersion coefficient, from the results of paragraph 4.2, it is bigger for the first foams. 
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Considering the values of the parameters for the first foams, result that the great influence on 
the final trend is given by b. With low values of ReL, could exist a condition where the two 
foams have the same Bo (and so the same level of dispersion). With high value of ReL, the 
response is more aggressive in function of the value of b. 
The overall errors SSE are smaller for the second foams, because the data are more precise. 
4.3.2 General correlation 
The purpose of this work is to identify a general correlation allowing assessment of the axial 
dispersion within the reactor (in terms of Bo), varying the Reynolds number of the liquid 
(ReL) and the gas (ReG) at the same time. 
An example of correlation comes from Stiegel & Shah (for cylindrical packings): 
Bo = 0.128 ∙  ReG
0.245 ∙ ReL
−0.16 ∙ (aS ∙ deq)
0.53                                                                    (4.2) 
The problem of this expression is that, when the test are done without gas, the gas velocity uG 
in the correlation to derive ReG is zero which would lead to a value of Bo infinite or zero 
depending on the fitting parameters.  
For that reason, it is better to find a different correlation likes: 
Bo = a ∙ (1 + ReL)
b ∙ (1 + ReG)
c                                                                                        (4.3) 
A regression of the logarithmic value of ReL and ReG in function of Boexp (determined 
experimentally with equation (2.15)) is made using Excell. The final results are the 
correlations (4.4) and (4.5), respectively for foams 1 and foams 2 where Bocalc represents the 
value determined by using the fitting. 
Bocalc = 0.368 ∙ (1 + ReL)
−0.53 ∙ (1 + ReG)
−0.69                                                               (4.4) 
Bocalc = 0.121 ∙ (1 + ReL)
−0.22 ∙ (1 + ReG)
−0.45                                                               (4.5) 
From these data, the relationship between Re of the liquid and Bo with different gas flow rate 
can be highlighted.    
  










ReL vs Bo - foams 1
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Figure 4.17 Relation between Re of the liquid and Bo with different Re of gas for foams 2 
It is observed a reduction of Bodenstein number with the increasing in ReL and ReG. 
Table 4.17 is a summary of the three fitting parameters of each foams and their confidence 
interval. For the first foams the confidence interval is higher for all the parameters, because of 
the experimental error.  
The values that most affect the performance of the response are those related to b and c and 
they are higher for the first foams. This means that the trend of Bo in function of ReL and ReG 
changes more quickly in the first foams, for low value of ReL.  
Table 4.17 fitting parameter for foams 1 and 2 with their CI for Bo 
Parameters  Foams 1 Foams 2 
a 0.368 ± 0.310 0.121 ± 0.020 
b -0.53 ± 0.38  -0.22 ± 0.07  
c -0.69 ± 0.32 -0.45 ± 0.08 
 
It is useful the parity plot obtained comparing Boexp and Bocalc for both foams to predict the 
experimental data and to assess the capacity of the model. 
 
  










ReL vs Bo - foams 2























Figure 4.19 Parity plot of foams 2 for Bo 
It is clear that there is much more scatter in the foams 1 than in the foams 2, according to the 
previous results from Table 4.17.  
 
A particular consideration had to be done considering the experimental error.  
It is evident that the problem was in the measurement technique. A possible alternative could 
be the use of a filter before the conductivity meter to stop the bubble flow. Another way could 
be to take the measure directly at the bottom of the reactor and not in the outlet stream.    
 
The results can be compared to data from literature (C.P. Stemmet et.al. 2005-2007), obtained 
in the same operative conditions of trickle flow regime (1.7 < ReL < 13).  
For a conventional packed beds: 0.2 < Bo < 0.7 
For a β-SiC foam from literature: 0.05 < Bo < 0.2 
For a β-SiC foam used in this work: 0.04 < Bo < 0.12 
The results show that the presence of the foams increase the level of dispersion in the reactor. 
4.4 Dynamic liquid Hold-up  
The dynamic liquid hold-up 𝜀𝐿𝐷 is another important parameter to consider and is defined as 




                                                                                                                    (4.6) 
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It is possible to determine a correlation between the liquid hold-up and the Re of the liquid 
and the gas as for Bo. An example from the literature comes still from Stiegel & Shah (for 
cylindrical packings): 
εLD = 0.22 ∙  ReG
0.635 ∙ ReL
−0.0725                                                                                           (4.7) 
For the same reason of Bo, it is preferable change a bit the correlation: 
εLD = a ∙ (1 + ReL)
b ∙ (1 + ReG)
c                                                                                       (4.8) 
The final results are equation (4.7) and (4.8) for foams 1 and 2. 
εLDcalc = 0.077 ∙ (1 + ReL)
0.35 ∙ (1 + ReG)
−0.81                                                                (4.9) 
εLDcalc = 0.01 ∙ (1 + ReL)
1.11 ∙ (1 + ReG)
−0.71                                                                (4.10) 
The final results of the liquid hold-up can be expressed in function of the Re of the liquid with 
different Re of the gas. 
  
Figure 4.20 Relation between Re of the liquid and the hold up with different gas flow rate for foams 1  
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It is evident that the liquid hold-up increase with the increasing in the liquid velocity and the 
decreasing in the gas velocity. The Table 4.18 is a summary of the three fitting parameters of 
each foams and their confidence interval.  
Table 4.18 fitting parameter for foams 1 and 2 with their CI for the hold up 
Parameters  Foams 1 Foams 2 
a 0.077 ± 0.057 0.010 ± 0.004 
b 0.35 ± 0.33  1.11 ± 0.15 
c -0.81 ± 0.28 -0.71 ± 0.17 
 
As it could guess from Figure 4.20 and Table 4.18 the error in foams 1 is high, especially for 
the parameter a. This is due to the error in the measurement method.  
The values that most affect the dynamic liquid hold-up are those related to b and c and they 
are higher for the first foams. This means that the trend of εLD in function of ReL and ReG 
changes more quickly in the first foams, for low value of ReL.  
The fitting results of the liquid hold-up obtained with different flow rate for foams 1 and 2 are 
reported in Appendix C. 
The values of liquid hold-up for foams 1 are higher than for foams 2 and both increase with 
the liquid flow rate and decrease with the gas velocity. This is due from the external surface 
area: an increase in the external surface area Sv gives an increase in the hold-up, because the 
liquid has more space to accumulate. 
The parity plot obtained comparing εLDexp and εLDcalc from both the foams are present in 
Figures 4.22-4.23. 
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Figure 4.23 Parity plot of foams 2 for the hold-up 
As for the dispersion study, there is much more scatter in the foams 1 than in the foams 2, 
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 Chapter 5 
Mass transfer studies  
In this Chapter the mass transfer of a trickle-bed reactor with open cell foams will be studied 
by experimental tests with fast reaction, i.e. chemical absorption of CO2 in NaOH, to find a 
correlation which express the characteristic parameters. 
5.1 Mass transfer parameters 
As explained in the previous sections, the interest on foams as structured beds for chemical 
reactors is increased in the latest years, as the high surface area and tortuosity of them 
contribute to enhance the interphase mass transfer between the gas and the liquid phase, 
useful to support chemical reactions, while pressure drop is maintained low.  
The characterization of the hydrodynamics and the mass transfer is very important for the 
design of mass transfer operations in multiphase reactors. There are several published studies 
on hydrodynamics and mass transfer for multiphase system, but in general the experiments 
regarding gas-liquid mass transfer in foams beds at the trickle regime are scarcer. An example 
is Stemmet (et.al. 2006,2008) who has measured the mass transfer for gas and liquid flowing 
through a 2D aluminium foam bed in counter-current, co-current upflow and co-current 
downflow. Gas-liquid packed beds are often operated with co-current downflow (as in this 
study) because this disposition avoids flooding, even for high throughputs, and the pressure 
drop is lower than in upflow.  
In the present work, the pressure drop is not verified and the pressure is maintained at 1 barg. 
The mass transfer study is focalized on the characteristic parameters estimation. 
5.1.1 Characteristic parameters estimation 
The two important parameters that define the level of mass transfer are the gas-liquid effective 
interfacial area ae (m
2/m3) and the liquid side mass transfer coefficient kL (m/s). They are 
fundamental for the design of a reactor and depend on the type of the gas-liquid contact 
device, the operational conditions and the properties of the gas-liquid systems. 
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Considering an irreversible reaction: 
A(g) + B(l) → products                                                                                                       (5.1) 
The Danckwerts method (Danckwerts et.al. 1970) can be used to estimate the mass transfer 
parameters if the reaction is a pseudo-first order relatively to A.  




2 − 1 ≤ 
CBL
b∙CAI
                                                                                                   (5.2) 
where DA is the diffusivity of A (m
2/s), k2 is the second order rate constant of reaction 
(m3/kmol/s), CBL is the concentration of B in bulk of liquid (kmol/m
3), CAI is the concentration 
of A at gas-liquid interface on the liquid side (kmol/m3) and b is the stoichiometric coefficient 
of reactant B. 
In the present work, the rate of absorption A per unit volume RA (mol/m
3/s) is considered 
independent of ae and is defined as: 
RA =  NA ∙ ae = kL ∙ ae ∙ CAI ∙ √
DA∙k2∙CBL
kL
2 ≈ ae ∙ CAI ∙ √DA ∙ k ∙ CBL                                  (5.3) 
It is a simplification useful for this level of analysis.  
The interfacial area ae can be calculated from an experimental RA values obtained in the 
reactor using equation (5.3).  
Therefore, the mass transfer coefficient kL can be estimated from the absorption rate NA: 
NA = kL ∙ CAI ∙ √1 + 
DA∙k2∙CBL
𝑘L
2 = kL  ∙ CAI ∙ √1 +  M                                                        (5.4) 
5.2 Experimental test 
The gas-liquid chemisorption with CO2 and NaOH is employed to evaluate the two 
fundamental parameters ae and kL. The reaction is: 











2− + H2O                                                                                             (5.7) 
The reactions are carried out in excess of  NaOH, so all the HCO3
−  is transformed into CO3
2−. 
The above reaction can be treated as a pseudo-first order reaction when condition (5.2) is 
satisfied.  
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2 − 1 ≤ 
CNaOH,L
2∙CCO2,I
                                                                                      (5.8) 
In this way is possible to determine an interval of applicability for kL. 
5.2.1 Methodology: Chemical Titration and data collection 
The experimental setup includes a liquid flow rate pumping a solution of NaOH and distilled 
water and a gas flow rate with air and CO2 balanced by a flowmeter.   
Different solutions of NaOH in water (0.01M and 1M) and different liquid velocity (from 
0.001016 m/s to 0.005365 m/s) at different gas flow rate (from 0.05 ln/s to 0.1167 ln/s) were 
considered.  
The liquid is pumped in the reactor, then air and CO2 are fed. After few minutes from the 
plant start, it is taken a sample of 100 ml in the outlet stream and so on each 3 minutes until 
there are ten samples.  
After the standardization of HCl, it is possible to proceed with the titration.  
A solution of HCl and distillated water is prepared with the same concentration of NaOH used 
in the process. A sample from the reactor, with volume V0, is put in a burette with few drops 
of a solution of phenolphtaleyne (1g of phenolphtaleyne in 100 ml of water) and so a volume 
of HCl solution is filled drop by drop using a pipette until the system turns from pink to 
colorless, this volume is V1.  
Therefore, it is possible to add few drops of a solution of methylorange (0.1g of 
methylorange, 20 ml of ethanol and 100 ml of water) and another volume of HCl drop by 
drop until the system turns from orange to pink, this volume is V2. 
These operations must be repeated for all the samples, including a sample from the feed.  
The sampling must be done continuously from 0.001016 m/s to 0.005365 m/s of liquid 
velocity to derive the desired parameters. 
It has been considered two cases for the gas composition: 1% of CO2 in air (for solution 
0.01M of NaOH), this is Feed A, and 10% CO2 in air (for solution 1M of NaOH), this is Feed 
B. 
5.3 Results and discussion 
The concentrations of the different products in the reactor outlet is calculated from the two 
volumes obtained in the experimental test.  
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In this way, it is possible to estimate the two parameters ae∙kLexp using Matlab and to find a 
general correlation for them in function of the Reynolds number of the liquid and the gas. 
5.3.1 Data Processing 
Three different cases could be considered to calculate the outlet concentration of sodium 
hydroxide CNaOH, sodium carbonate CNa2CO3and sodium bicarbonate CNaHCO3 in the outlet of 
the reactor, with a certain concentration of hydrochloric acid CHCl.  
Considering the two volume, V1 and V2, obtained in paragraph 5.2.1:  
i) V1 > V2 : there is still sodium hydroxide, but sodium carbonate is formed (desired 
condition) 
 CNaOH = 
CHCl ∙ (V1− V2)
V0
                                                                                                         (5.9) 
CNa2CO3 =  
CHCl ∙ V2
V0
                                                                                                              (5.10) 
CNaHCO3 =  0                                                                                                                       (5.11) 
ii) V1 = V2 : there is only sodium carbonate (wrong condition) 
 CNaOH =  0                                                                                                                         (5.12) 
CNa2CO3 =  
CHCl ∙ V2
V0
                                                                                                              (5.13) 
CNaHCO3 =  0                                                                                                                       (5.14) 
iii) V1 < V2 : sodium hydroxide is finished, but sodium carbonate and sodium bicarbonate are 
formed (possible condition) 
 CNaOH =  0                                                                                                                         (5.15) 
CNa2CO3 =  
CHCl ∙ V1
V0
                                                                                                              (5.16) 
CNaHCO3 = 
CHCl ∙ (V2− V1)
V0
                                                                                                     (5.17) 
Using these correlations is easy to determine the concentration of sodium hydroxide and 
sodium carbonate in the feed (as concentration of the inlet) and in the sample from the reactor 
(as concentration of the outlet) for the NaOH solution.  
Therefore, if there is no sodium bicarbonate, the concentration of sodium hydroxide predict 




                                                                                        (5.18)   
The error of the experimental result compared with the theoretical result is: 
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err =  
CNa2CO3,out− CNa2CO3,pred
CNa2CO3,pred
                                                                                             (5.19) 
5.3.2 Experimental parameters estimation 
During the experimental procedure, two different cases are considered: Feed A and Feed B. 
With Feed B it is possible to find the experimental value of the interfacial area aeexp and to 
determine the experimental mass transfer coefficient kLexp.   
In particular, it is possible to obtain the experimental value of (kL ∙ ae)exp using the Matlab 
solver Pattern Method and Lsqcurvefit Method. 
The first method is a direct search model not based on derivatives. It defines a set of lower 
(lb) and upper (ub) bounds for a design variables so that the solution is always in the range 
between lb and ub. The second method is based on derivatives and find the best coefficient 
who fit the nonlinear function to a data (which has the same size of the vector returned by the 
function).  
The first step is to fix an initial approximation of the two parameters (ae and kL) included in 
the interval of applicability for the method described in paragraph 5.1.1 and to consider just 
the concentration obtained with Feed B. In this way, it is possible to determine the aeexp using 
the two least square methods. 
The next step is to fix the value of the interfacial area as aeexp and to obtain the final value of 
the mass transfer coefficient kL from the concentrations obtained with Feed A and B using 
the same methods.  
The methods can be applied only if the reactor mass balances are solved, considering it as a 





















= − rCO2 ∙  
1
uL
                                                                                                     (5.20) 
rCO2_ae = − ae ∙ CCO2,i
L ∙ √k ∙ DCO2
L = − ae ∙ (yCO2 ∙
P
H
) ∙ √k ∙ DCO2
L                                  (5.21) 
rCO2_kL = − ae ∙ kL ∙ CCO2,i




= − ae ∙ kL ∙ (yCO2 ∙
P
H




          (5.22) 
Where H is the Henry Law constant for CO2, S is the reactor section (0.0016 m
2), QG is the 
gas flow rate (mol/s), 𝐶𝐶𝑂2,𝑖
𝐿  is the CO2 interphase concentration liquid-side (mol/l), P is the 
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pressure (atm), k is the pseudo-first order kinetic reaction constant (s-1) and 𝐷𝐶𝑂2
𝐿  is the 
molecular diffusion coefficient of CO2 in the liquid (m
2/s).  
The reaction rate rCO2 in the balances is given by equation (5.21), for the determination of the 
interfacial area, and is given by equation (5.22), for the determination of the mass transfer 
coefficient. 
5.3.3 Mass transfer correlations 
As for the dispersion study, it is interesting to determine a general correlation for the mass 
transfer parameters to correlate the results obtained in the same experimental conditions and 
to compare them. 
An example of correlation presents in literature comes from Sherwood & Holloway (et.al. 
1940, co-current downflow for solid foam packing): 
ae ∙kL
DL






0.5                                                                                          (5.23) 
Results concerning the gas-liquid mass transfer in function of liquid superficial velocity can 
also be expressed as Sherwood number Sh in function of the Reynolds numbers of the liquid 
ReL and the gas ReG.  
The purpose of this work is to identify a general correlation allowing assessment of the mass 
transfer parameters varying the Reynolds number of the liquid and the gas at fixed Schmidt 
number. 
Considering the Sherwood number Sh defined as: 
Sh =  
dt ∙kL
DL
                                                                                                                           (5.24) 
Where DL is the diffusivity in the liquid (m
2/s).  
A more general correlation can be suggested from literature: 
Sh ∙  
ae
ap
 ∙  ScL
−0.5 = Y =  a ∙  ReL
b ∙  ReG
c                                                                               (5.25) 
Where ap is the external surface area (m2) of the foams (it corresponds on Sv of the foams). 
As said before, from the test with the higher concentration of NaOH it is possible to find the 
experimental value of the interfacial area ae and use it to determine the experimental mass 
transfer coefficient kL from both the concentrations.  
In the next paragraphs this approach will be described. 
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5.3.3.1 Interfacial area model 
The first step of the analysis is to determine a model for the interfacial area ae. 
In literature are present a lot of models, one of them, applicable to higher liquid flow rate, is 
proposed by Kolev (et.al. 2006) who correlate the interfacial area to the Froude number of the 
liquid (and so the liquid velocity uL) and the Eotvos number of the liquid. 
ae
ap
=  0.37 + 4.5 ∙ Eo0.45 ∙ Fr0.17 ∙ (ap ∙ dp)−1.03                                                               (5.26) 
Where the Froude number Fr and the Eotvos number Eo are defined as: 









                                                                                                                                           (5.28) 
Where σ is the liquid surface tension (N/m).  
A general correlation independent from the external surface area ap is proposed by Ramm 






2                                                                                                                                           (5.29) 
Using Excel, it is made a non-linear fitting to determine the optimal parameters a,b,c which 
reduce the difference between the experimental and the calculated values. This operation is 
made considering all the cases with the biggest initial concentration of NaOH.  












2                                                                                                                                 (5.31) 
From these data it can be highlighted the relationship between the velocity of the liquid uL and 
the interfacial area ae with different gas velocity uG. 
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Figure 5.1 Relation between the velocity of the liquid uL and the interfacial area ae with different gas 
velocity for foams 1 
 
Figure 5.2 Relation between the velocity of the liquid uL and the interfacial area ae with different gas 
velocity foams 2 
It is observed that the interfacial area ae increase with the increasing of the liquid velocity and 
the gas velocity. 
Table 5.1 is a summary of the fitting parameters for equation (5.29) of each foams. The values 
that most affect the interfacial area is c and is higher for the first foams. This means that the 
trend of ae depends greatly on the velocity of the gas, if the parameter b is very low.  
Table 5.1 Fitting parameters for foams 1 and 2  
Parameters  Foams 1 Foams 2 
a 281.2835 274.8438 
b 0.023008 0.022923 
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The parity plot obtained comparing aeexp and aecalc for both the foams is useful to check the 
capacity of the model to predict the experimental data. As for the dispersion study, the second 
foams is characterized by data that are more precise. 
  
Figure 5.3 Parity plot of foams 1 for the interfacial area ae 
 
Figure 5.4 Parity plot of foams 2 for the interfacial area ae 
It can be concluded that the effective interfacial area increases with the increasing in the 
liquid velocity, because more tiny liquid droplets, small threads and thin films were produced 
at a larger liquid flow rate.  
However, it is known from literature that the effective interfacial area exhibit a trend to 
decreases when the liquid flow rate increase further than a certain value. This is due to the 














Parity plot of ae/ap - foams 1




















Parity plot of ae/ap - foams 2
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packing decreases with the increasing of the liquid flow rate. This factor predominate over the 
increasing number of tiny droplets, reduction of threads and lead to a decrease of the effective 
interfacial area when the liquid flow rate exceed.  
5.3.3.2 Mass transfer coefficient model 
It is possible to fit the model (5.25) considering all the cases and to determine the mass 
transfer coefficients kL starting from the results obtained with the model of the interfacial 
area ae. 
Figure 5.5 correlates the experimental mass transfer coefficient obtained with Matlab to the 
Reynolds number of the liquid ReL with different gas flow rate. 
   
Figure 5.5 Relation between Reynolds number of the liquid ReL and the experimental mass transfer 
coefficient kL ae exp for foams 1 (left) and foams 2 (right) 
A non-linear fitting for Y is made using Excel, in function of the Reynolds numbers of the gas 
ReG and the liquid ReL.  
The final results are the correlations (5.32) and (5.33), respectively for foams 1 and foams 2. 
Y =  0.06 ∙  ReL
0.84 ∙  ReG
0.60 =  Sh ∙  
ae
ap
 ∙  ScL
−0.5                                                                         (5.32) 
Y =  0.16 ∙  ReL
0.91 ∙  ReG
0.38  =  Sh ∙  
ae
ap
 ∙  ScL
−0.5                                                                        (5.33) 
From these data it can be highlighted the relationship between the Reynolds number of the 
liquid ReL and the mass transfer coefficient kL with different Reynolds number of the gas 
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Figure 5.6 Relation between Reynolds number of the liquid ReL and Y with different gas flow rate for 
foams 1 
 
Figure 5.7 Relation between Reynolds number of the liquid ReL and Y with different gas flow rate for 
foams 2 
It is observed that the Y terms increases with the increasing of the Reynolds numbers of the 
gas and the liquid. This because the mass transfer between the gas and the liquid phases 
occurs mainly with liquid remaining on the foam packing structure, when a gas bubble moves 
through the solid foam at higher velocity and the contact time of the bubble with the liquid on 
the packing decreases. 
Table 5.3 is a summary of the fitting parameters for equation (5.25) of each foams. The values 
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second foams. This means that the trend of Y in function of ReL and ReG changes more 
quickly in the second foams. 
As it seen from Figure 5.6 and 5.7, the Y is higher for the second foams.  
Table 5.3 Fitting parameters for foams 1 and 2 
Parameters  Foams 1 Foams 2 
a 0.06360 0.16078 
b 0.84440 0.90566 
c 0.60092 0.38328 
 
It is useful to obtain the parity plot comparing kL*aeexp and kL*aecalc for both the foams to 
assess the capacity of the model to predict the experimental data. 
 
  
Figure 5.8 Parity plot of foams 1 for the product of the two characteristic parameters 
 

















Parity plot of ae*kL - foams 1





















Parity plot of ae*kL - foams 2
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The value of the mass transfer coefficient is connected to the pore density: as the pore density 
decreases, the mass transfer coefficient increases. This is the results of the small strut 
thickness, which is unable to induce large eddies in the liquid phase and so reduce the level of 
turbulence in the flowing liquid. In this way, foams 2 have the bigger mass transfer 
parameters. 
 
The fitting results of the mass transfer parameters ae*kL obtained with different flow rate for 
foams 1 and 2 are reported in Appendix D. 
It can be concluded that the product of the coefficients increases with the increasing in the 
liquid and gas flow rate and it is bigger for the second foams. This confirms the influence of 
the morphological parameters of the foams in the reactor performance. 
A similar approach for the mass transfer study it is used by R.R. Zapico (et.al. 2016) to study 
the mass transfer of the reactor with different foam packings, but just considering the liquid 
phase in the correlation. 
Figure 5.10 shows the final fitting of this work for foams 1 and 2 and the fitting made by 
Zapico for a foam of 20 ppi alumina based. 
The correlation that she has considered is the same of equation (5.25), but without the ReG: 
Sh ∙  
ae
ap
 ∙  ScL
−0.5 = Y =  a ∙  ReL
b                                                                                        (5.34) 
 
Figure 5.10 Relation between Reynolds number of the liquid ReL and Y for different foam packings in 
logarithmic scale 
The Figure highlights the influence of the gas flow rate in the mass transfer. The work made 
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NaOH likes in the present work. The different solubility of the two gas in water is the reason 
why there is so much difference between the Y values. 
5.3.3 Static liquid Hold-up  
A special consideration about the total hold up has to be done. 
In section 4.4 was studied the dynamic liquid hold-up and its relation with the Reynolds 
numbers of the liquid and the gas. Now it is interesting to considered the static liquid hold-up 
εLS and its relation with the interfacial area.  
The dynamic liquid hold-up is the free flowing liquid fraction whereas the static liquid hold-
up is the stagnant liquid fraction retained by capillary forces inside the solid structure after the 
reactor draining. 
A simple test is made putting a dry foam in water. The foam is weighted before and after. In 








                                                                                                                (5.35) 
Where w0 is the weight of the dry foam, w is the weight of the wet foam and Vb is the bed 
volume. 
The result is 0.1733 for foams 1 and 0.1647 for foams 2. These seams good according to the 
theory (normally the value is between 0.15 and 0.18): as the pore density increases, the 
average pore cell size decreases and this resulting in higher static liquid hold-up. 
The total liquid hold-up εL is the sum of the static and the dynamic contribution: 
εL = εLS + εLD                                                                                                                    (5.36) 
The relevance of the hold-up appear clear in relation with the interfacial area ae.  
The interfacial area ae is the ratio between the reactor section and the bed volume. So, when 
the liquid flow rate start to increase, VL increase, as the hold up and the area ae. But, when the 
regime is reached, the bed volume Vb increase and so the hold up and the interfacial area ae 
decrease. 
This is the reason why for high Reynolds number of the liquid there is a reduction of the 




 Conclusions  
The interest on foams as structured beds for chemical reactors has increased in the latest 
years, as the high surface area and tortuosity of them contribute to influence the interphase 
mass transfer in chemical reactions.  
The characterization of the hydrodynamics and the mass transfer is very important for the 
design of multiphase reactors. This project has the goal of studying them. 
The reactor available for the present work is a trickle bed reactor with open cell foams and it 
is used in water treatment.  
By applying the Residence Time Distribution (RTD) technique, the behavior of the reactor 
and so its level of dispersion was determined. The RTD approach was considered only for the 
liquid, because this reactor is used in the water treatment: the gas phase was assumed as plug 
flow (DaxG ≈ 0).  
Two different foams were considered: the first foam had higher specific surface area and pore 
density, the second foam had higher pore size. 
The dispersion module was calculated from the RTD function, obtained from conductivity 
measurement. It decreases with the liquid flow rate and increases with the gas flow rate.  
A correlation between the Bodenstein number, ReL and ReG was determined to generalize the 
results obtained in the same experimental conditions and to compare them.  
The fitting parameters that most affect the performance of the response (in terms of Bo 
number) are higher for the first foam. This means that the trend of Bo as a function of ReL and 
ReG changes more quickly in the first foam, for low value of ReL.  
The results of this work show a lower level of dispersion for the second foam, but is still 
higher compared to literature data obtained using conventional packed beds. 
 
As for the dispersion study, the dynamic liquid hold-up was calculated from RTD values. It 
increases with the liquid flow rate and decreases with the gas flow rate and it is greater for the 
first foam.  
The result is due to the external surface area: an increases in the external surface area Sv gives 
an increases in the hold-up, because the liquid has more space to accumulate. 
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Also for the dynamic liquid hold-up, a correlation as function of the Reynolds number of the 
liquid and the gas was determined to generalize the results obtained in the same experimental 
conditions and to compare them.  
The fitting parameters able to influence the dynamic liquid hold-up are higher for the first 
foam. This means that the trend of εLD in function of ReL and ReG changes more quickly in 
the first foam, for low value of ReL.  
 
The influence on the liquid-side interphase mass transfer also was studied. A chemical 
absorption of CO2 in NaOH was used to determine the liquid-side mass transfer coefficient 
and the gas-liquid interfacial area of the reactor.  
A correlation between the product of the characteristic parameters ae*kL, ReL and ReG was 
determined to generalize the results obtained in the same experimental conditions and to 
compare them.  
It was observed that ae*kL increases with the increasing of the Reynolds numbers of the gas 
and the liquid. This is because the mass transfer between the gas and the liquid phases occurs 
mainly with liquid remaining on the foam packing structure, when a gas bubble moves 
through the solid foam at higher velocity and the contact time of the bubble with the liquid on 
the packing decreases. 
The fitting parameters that most determine the level of mass transfer are higher for the second 
foam. This means that the trend of ae*kL in function of ReL and ReG changes more quickly in 
the second foam. 
The second foam has higher mass transfer parameters, because of its pore density: as the pore 
density decreases, the mass transfer coefficient increases. This is the results of the small strut 
thickness, which is unable to induce large eddies in the liquid phase and so to reduce the level 
of turbulence in the flowing liquid.  
 
 
Future works in this direction should consider more in detail the pressure drops and the 
variations in temperature.   
 Appendix A 
Pump Calibration 
As already said is Chapter 3, before starting the real experiment it is necessary to calibrate the 
pump used in the process.  
The pump is a piston pump. 
The system is brought to a steady-state condition activating the pump and providing a liquid 
inlet (water), considering only the reactor and the pump.  
The pump increases the speed of 5% producing a certain outlet flow rate, then measured; the 
system is brought up to a 100% increase, with a step of 5%.  
The results are plot in Figure A.1. 
 
 
Figure A.1. Result of the pomp calibration 
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 Appendix B 
Confidence Interval (CI) determination 
For a more accurate study it is important to calculate the confidential interval of all the 
characteristic parameters (<t>̅ and <σ2>), obtained from the blank test and the test with 
foams, and derive from them the same values corresponding for the foams. 
As first step, considering the smallest (0.000917 and 0.001625 m3/s) and the biggest 
(0.005750 and 0.007083 m3/s) liquid flow rate, it can be determined the measurement error s2 






                                                                                                         (B.1) 
The second step is to calculate the Confidence Interval CI of the time and the variance, for 
each value of the blank test and the test with foams, using the following equation: 
CI =  tα
2
,n−1  ∙  
s
√n
                                                                                                                   (B.2) 
Where tα
2
,n−1 is the student-t distribution (with α = 1 − 0.95 = 0.05 and n = 3), 
approximately 4.303. 
From this value, it is possible determine the confidential interval of the time and the variance 
for the foams using the following correlations:  
CI(σ2) =  √[CI(σf
2]2 + [CI(σb
2]2                                                                                        (B.3) 
CI(t)̅ =  √[CI(t̅f
2]2 + [CI(t̅b
2]2                                                                                             (B.4) 














∙  CI(t)̅2                                                                      (B.5)   
And the corresponding value for Bo (remembers that Bo =  
u∙L
Dax
 ∙  
dt 
L
 ), where dt is the pore 
size φ). 
CI(Bo) =  
dt
L







                                                                                                          (B.6) 
 
           

























 Appendix C 
Dynamic liquid hold-up fitting results 
The fitting results of the liquid hold-up obtained in paragraph 4.4 at different flow rate for 
foams 1 and 2 are reported in Tables C.1-C-2. 
Table C.1 fitting results of Holdup for foams 1 
uL [m/s] uG [m/s] eLD eLD calc 
5.73E-04 0 1.13E-01 1.14E-01 
1.02E-03 0 1.91E-01 1.32E-01 
1.59E-03 0 1.41E-01 1.50E-01 
2.79E-03 0 2.53E-01 1.79E-01 
4.43E-03 0 1.64E-01 2.09E-01 
5.73E-04 1.08E-02 2.85E-02 3.42E-02 
1.02E-03 1.08E-02 4.38E-02 3.97E-02 
1.30E-03 1.08E-02 4.67E-02 4.26E-02 
1.59E-03 1.03E-02 3.96E-02 4.64E-02 
2.14E-03 9.06E-03 4.70E-02 5.49E-02 
2.79E-03 2.28E-03 7.89E-02 1.15E-01 
3.59E-03 2.29E-03 9.74E-02 1.25E-01 
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Table C.2 fitting results of Holdup for foams 2 
uL [m/s] uG [m/s] eLD eLD calc 
5.73E-04 0 4.59E-02 3.56E-02 
1.30E-03 0 8.52E-02 7.06E-02 
2.79E-03 0 1.66E-01 1.47E-01 
3.59E-03 0 2.01E-01 1.91E-01 
4.43E-03 0 2.31E-01 2.37E-01 
5.73E-04 2.21E-03 1.65E-02 2.44E-02 
1.02E-03 2.26E-03 3.55E-02 3.85E-02 
1.30E-03 2.27E-03 4.78E-02 4.79E-02 
2.14E-03 2.23E-03 6.82E-02 7.72E-02 
2.79E-03 2.25E-03 8.75E-02 1.00E-01 
3.59E-03 2.25E-03 1.14E-01 1.30E-01 
5.73E-04 5.65E-03 1.54E-02 1.71E-02 
1.02E-03 5.63E-03 2.86E-02 2.73E-02 
1.59E-03 5.59E-03 3.63E-02 4.11E-02 
4.43E-03 5.31E-03 9.42E-02 1.17E-01 
5.73E-04 1.12E-02 1.31E-02 1.21E-02 
1.02E-03 1.12E-02 2.05E-02 1.92E-02 
1.59E-03 1.11E-02 3.75E-02 2.90E-02 













 Appendix D 
Mass transfer parameters results 
The fitting results of the mass transfer parameters obtained in paragraph 5.3.3.2 at different 
flow rate for foams 1 and 2 are reported in Tables D.1-D-2. 
Table D.1 kL*ae values obtained for foams 1 with respectively 0.056, 0.068 




















1.02E-03 5.6E-02   6.8E-02   7.9E-02   
1.30E-03 5.6E-02 3.24E-02 3.28E-02 6.8E-02 3.26E-02 3.65E-02 7.9E-02 4.60E-02 4.01E-02 
1.59E-03 5.6E-02 3.96E-02 3.87E-02 6.8E-02 3.91E-02 4.32E-02 7.9E-02 5.16E-02 4.74E-02 
2.14E-03 5.6E-02 4.70E-02 4.97E-02 6.8E-02 6.16E-02 5.55E-02 7.9E-02 7.02E-01 6.09E-02 
2.79E-03 5.6E-02 5.14E-02 6.22E-02 6.8E-02 7.84E-02 6.95E-02 7.9E-02 8.54E-02 7.62E-02 
3.18E-03 5.6E-02 6.15E-02 6.95E-02 6.8E-02 8.55E-02 7.76E-02 7.9E-02 8.74E-02 8.51E-02 
3.59E-03 5.6E-02   6.8E-02   7.9E-02 9.19E-02 9.45E-02 
3.96E-03 5.6E-02 8.14E-02 8.97E-02 6.8E-02 1.02E-01 9.34E-02 7.9E-02 1.03E-01 1.02E-01 
4.27E-03 5.6E-02 8.70E-02 9.20E-02 6.8E-02 1.07E-01 1.03E-01 7.9E-02 1.13E-01 1.132-01 
4.90E-03 5.6E-02   6.8E-02   7.9E-02   
5.37E-03 5.6E-02         
Table D.2 kL*ae values obtained for foams 2 with respectively 0.034, 0.056, 



























1.02E-03 3.4E-02 2.64E-02 2.45E-02 5.6E-02 2.55E-02 2.98E-02 6.8E-02   7.9E-02 3.61E-02 3.40E-02 
1.30E-03 3.4E-02 3.15E-02 3.07E-02 5.6E-02 3.43E-02 3.74E-02 6.8E-02 4.22E-02 4.01E-02 7.9E-02 4.33E-02 4.25E-02 
1.59E-03 3.4E-02 4.12E-02 3.68E-02 5.6E-02 4.41E-02 4.48E-02 6.8E-02 4.91E-02 4.80E-02 7.9E-02 4.92E-02 5.09E-02 
2.14E-03 3.4E-02 5.22E-02 4.81E-02 5.6E-02 6.27E-02 5.85E-02 6.8E-02 6.18E-02 6.27E-02 7.9E-02 6.51E-02 6.66E-02 
2.79E-03 3.4E-02 6.23E-02 6.12E-02 5.6E-02 6.96E-02 7.44E-02 6.8E-02 7.85E-02 7.98E-02 7.9E-02 9.06E-02 8.47E-02 
3.18E-03 3.4E-02 6.83E-02 6.89E-02 5.6E-02 7.63E-02 8.38E-02 6.8E-02 8.93E-02 8.99E-02 7.9E-02 1.02E-01 9.54E-02 
3.59E-03 3.4E-02 7.78E-02 7.71E-02 5.6E-02 8.94E-02 9.37E-02 6.8E-02 1.02E-01 1.01E-01 7.9E-02 1.12E-01 1.07E-01 
3.96E-03 3.4E-02 8.18E-02 8.41E-02 5.6E-02 1.01E-01 1.02E-01 6.8E-02 1.09E-01 1.10E-01 7.9E-02 1.25E-01 1.16E-01 
4.27E-03 3.4E-02 9.01E-02 9.31E-02 5.6E-02 1.08E-01 1.13E-01 6.8E-02 1.23E-01 1.21E-01 7.9E-02 1.35E-01 1.29E-01 
4.90E-03 3.4E-02   5.6E-02   6.8E-02   7.9E-02   
5.37E-03 3.4E-02   5.6E-02   6.8E-02   7.9E-02   
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 Nomenclature   
A = catalytic cross section [m2]  
ae = gas-liquid effective interfacial area [m
2/m3] 
Bo = Bodenstein number 
C = concentration [kg/m3] 
D = dispersion module 
DA = diffusivity of A [m
2/s] 
Dax = axial dispersion coefficient [m
2/s] 
dt = equivalent particle diameter [m] 
E = exit age distribution  
Eo = Eotvos number 
Fr = Froude number  
g = gravitational acceleration [m/s2] 
Ga = Galileo number 
H = Henry Law constant  
I = conductivity [μS] 
K = kinetic constant of reaction [1/s] 
kL = liquid-side mass transfer coefficient [m/s] 
L = porous media length or characteristic length [m] 
Pé = Peclét number 
QL = liquid flow rate [m
3/s]  
R = reaction rate [mol/m3/s] 
RA = rate of absoption of A per unit of volume [mol/m
3/s] 
Re = Reynolds number 
S = reactor section [m2] 
t ̅= mean time of passage [s] = < t > ;      < tf >  from test with foams and < tb > from blank test 
u = liquid superficial velocity [m2/s] = uL 









εb = bed porosity 
εL = liquid hold up;                                  εLD the dynamic hold up and εLS the static hold up 
θ = mean residence time 
µL = liquid viscosity [kg/m s] 
ρL = liquid density [kg/m3] 
σ = liquid surface tension [N/m] 
σ2 = variance = <𝜎2> ;                            <𝜎𝑓
2> from test with foams and <𝜎𝑏
2> from blank test 
φ = pore cell size [m] 
 
Acronyms 
RTD = residence time distribution          
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